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Abstract

An analytical model is developed for condensation heat transfer coefficients for a turbulent annular film
flow in tubes. This calculation model not only incorporates a new turbulent eddy viscosity profile modified
from the Blangetti and Schlunder model but also liquid entrainment effect. In order to assess the prediction
capability of the calculation model, an experiment was performed for measurement of condensation heat
transfer coefficients of R22 in horizontal smooth tubes. The calculated condensation heat transfer coeffi-
cients of R22 were compared with present experimental data and some existing correlations. From the
present analysis and experiment it is found that incorporating the effect of liquid entrainment into the
calculation model gives better prediction capability for in-tube condensation heat transfer coefficients.
Also, the proposed turbulent eddy viscosity model gives better prediction capability for the condensation
heat transfer coefficients than that of the Blangetti and Schlunder model. © 2001 Elsevier Science Ltd. All
rights reserved.

Keywords.: Analytical model; Condensation; Annular flow; Liquid entrainment; Turbulent eddy viscosity; Turbulent
Prandtl number

1. Introduction

Much analytical and experimental research for film condensation has been performed since
Nusselt’s pioneering work on laminar film condensation (Collier, 1972). For turbulent film
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condensation, some researchers developed analytical frameworks for solving film hydrodynamics
and heat transfer (Colburn, 1933-1934; Seban, 1954; Rohsenow et al., 1956).

Rohsenow et al. (1956) investigated turbulent film condensation by assuming the universal
velocity profile in the condensate film and constant turbulent Prandtl number: P, = 1. A linear
distribution of shear stress between the wall and film surface was used. The local heat transfer
coefficient was derived from the energy equation. Also, the effect of vapor shear stress on heat
transfer was investigated.

Another approach for the calculation of heat transfer during turbulent film condensation
was worked out by Dukler (1960). He also assumed Pr, =1 but, unlike the method of
Rohsenow, turbulent diffusivity for the momentum of the Deissler model in the near-wall
region and Karman’s model in the region far from the wall were used, respectively. By solving
conservation equations for the condensate film, condensation heat transfer coefficients were
obtained.

Levich (1962) proposed the eddy damping theory on the free surface. Lamourelle and Sandall
(1972) extended the theory through an absorption experiment. Mills and Chung (1973) developed
a turbulent eddy viscosity model using the Lamourelle and Sandall’s experimental result.
Blangetti and Schlunder (1978) suggested a turbulent eddy viscosity model by adopting the van
Driest-type model for the wall region and the Levich-type model for the interface region in the
liquid film. Chitti and Anand (1995) presented an analytical model based on annular flow for
predicting the local heat transfer coefficient for forced convective condensation inside smooth
horizontal tubes. They used van Driest-type eddy viscosity model across the condensate film with
von Karman’s velocity profile. They also used constant turbulent Prandtl number (0.9), and
considered no entrainmment case. Kwon and Kim (1998) proposed a modified form of eddy
model from Blangetti and Schlunder for the calculation of in-tube condensation heat transfer
coefficient of some refrigerants and compared the calculation result with existing experimental
data and correlations.

There have been studies for the turbulent Prandtl number model (Jischa and Rieke, 1979; Kays
and Crawford, 1980; Weigand et al., 1997). In order to investigate the effect of the turbulent
Prandtl number on the heat transfer coefficient of turbulent condensate film, these turbulent
Prandtl number models were tested by our calculation model for in-tube condensation heat
transfer.

When the vapor velocity is large, the liquid interface becomes wavy and liquid entrainment
occurs. By this mechanism, the liquid film thickness becomes thin. Hence, the condensation heat
transfer coefficient becomes large (Whalley, 1987). For the calculation of the in-tube conden-
sation heat transfer coefficient for refrigerant flow, the liquid droplet entrainment has not been
adopted in previous calculation models. This paper has taken the effect of entrainment into the
calculation model for in-tube condensation heat transfer coefficient of refrigerants. This paper
also proposes a new turbulent eddy viscosity model within a condensate film, and investigates
the effects of turbulent eddy viscosity models and turbulent Prandtl number models on con-
densation heat transfer.

In order to assess the prediction capability of our calculation model, an experiment was per-
formed to measure condensation heat transfer coefficients of R22 in horizontal smooth tubes. The
calculation results for local in-tube condensation heat transfer coefficients of R22 were compared
with the present experimental data and existing correlations.
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2. Analysis
2.1. Assumptions

The following assumptions are made for the calculation of in-tube condensation heat transfer
coefficients for a turbulent annular film flow.

1. Steady flow and heat transfer.

2. Annular film thickness is uniform around the tube circumference. Since the turbulent film has
much more dominant effect of inertia than that of gravity in the film, this assumption is pos-
sible.

3. Annular film has an equivalent smooth film thickness corresponding to the average wavy film
thickness.

4. The convective terms in momentum and energy equations are neglected.

2.2. Momentum conservation

By applying a force balance to an annular element shown in Fig. 1 of the condensate film
and pertinent vapor volume between the tube sections at z and Az, shear stress can be
represented by

_R-y Lo dp o (R-0P
T=—5 <pLgsm9 dz) g sin0(p; pG)Z(R—y)’ (1)

Fig. 1. Physical model for analysis of condensation heat transfer.
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where 6 denotes the inclined angle from horizontal plane, i.e., § = 0° for horizontal flow, 6 = 90°
for vertical flow, and ¢ is the film thickness. Therfore, the interfacial shear stress z; can be cal-
culated by substituting J into y of Eq. (1).

Total shear stress consists of laminar and turbulent parts

du

du
T=pL(VL +ém) ay pLVLS+d_yv (2)

where p; is the density of liquid film, and ¢* is defined as ¢" =1 + (ey/vL), also &y and v are
turbulent eddy viscosity and molecular kinematic viscosity, respectively.
By integrating Eq. (2) with the expression of 7 (Eq. (1)), the velocity profile can be obtained

9 T
u= dy. 3
/p y 3)

For the integration, it is necessary to calculate the total pressure gradient and it is represented
by

dp _ (dp dp dp
— == — — . 4
e (&) (2), (&) @
The friction term (frictional pressure gradient) can be described as follows
dp\ 41,
(&), ®)

where d is tube inner diameter and t,, is wall shear stress.
Also, the momentum change term (pressure gradient due to the momentum change between
phases) follows (Hewitt and Hall-Taylor, 1970; Carey, 1992) when considering liquid entrainment

@ __-zi i (I_E)z(l—x)zx E(l —x)x
(dz)m_ "z [z—:,o(3+/)L(l—.s)x—,oGaE(l—x)+ £pG ’ (6a)

where 7 is the total mass flux, x is mass quality, ¢ is void fraction, and F is liquid entrainment
fraction defined as the ratio of the liquid droplet flow rate to the total liquid flow rate. When the
liquid entrainment is neglected, Eq. (6a) becomes

dp Ld | X (1—x)°
) — | A 6b
(dz)m = [PGS+PL(1—3) (6b)
Since the following assumptions are generally possible for annular two-phase flows inside
tubes

< oKd §<<%
pG pLJ 7dZ dZ

Eq. (6b) becomes

1%

(@) _ 2xd*m? %
dz m pG(d - 25>2 dz’
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where dx/dz can be obtained from the energy balance

% _ 4q 4h( sat — w)
dz N dl’thG dm2hLG ’

(8)

where ¢ is heat flux, /g is specific latent heat, and / is local heat transfer coefficient. Also, Ty, and
T, are temperatures of saturated fluid and tube wall.
Furthermore, the wall shear stress for turbulent film flow is obtained from

(1 —x)”

=i o

1, 9)
where
fL=0. O79Rff0 3 (10)

Also, the two-phase friction multiplier q‘)i, and Martinelli parameter X, are defined as

() () ()"

where n; and 75 are the dynamic viscosities of liquid and vapor, respectively.
The gravity term (gravitational pressure gradient) is represented by

(), =10 =00+ oncle sine. (13)

Once the total pressure gradient and the shear stress terms are determined, velocity distribution
can be obtained from Eq. (3) with appropriate turbulent eddy viscosity model ¢*. Egs. (2) and (3)
can be represented in dimensionless forms

du” w

du’ __ T/ (14)

dyJr 1+ SM/VL

S
u+:/ T/de+ (15)
0 et

where the nondimensional variables are defined as dimensionless velocity

ut =u/u., (16)
dimensionless wall distance

Y=/ (17)

and friction velocity

Uy = \/Tw/pL- (18)
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2.3. Mass conservation

Condensate mass flow rate per unit of circumference I is calculated by

FE/O pudy:m(l_x)(l_E)d. (19)

4
Also, film Reynolds number is given by

(1 —x)(1—E)d 4 4 [°
Re; = (1 = x)( ) =—=— [ pudy. (20)
M e 1L Jo

2.4. Energy conservation

Under the assumptions of this study, energy equation can be simplified as

S+ <o e1)

where x and ey are the thermal diffusivity of liquid and turbulent eddy diffusivity for heat,
respectively.
Or, it can be represented by

. £ dTr
g = —pLCpLKL <1 + —H> d—y (22)

KL

Eq. (22) can be written in nondimensional form as follows

7 1 1 dr+
g (1 1 ew)dTt (23)
qw Pr PI’} VL dy+

where molecular Prandtl number and turbulent Prandtl number are defined as Pr= v /i

and Pr, = ey /ey, respectively. Also, the dimensionless temperature and the wall heat flux are
represented by

T = chp.,Lur/"Iy Gw = MTear — Ty)- (24)
Heat transfer coefficient 4 is, therefore, expressed as
PLCp, LU
h =Pt 25
R (25)
where
ot ..
T _ / /9w dy* 26
U A [ (e YT ] (26
and
9 _Av_R_ R _ 1
gw A r R-y 1-(*/R")’
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2.5. Turbulent eddy viscosity models within liquid film

Blangetti and Schlunder (1978) used a van Driest-type model for the near-wall region and a
Levich-type model for the near-interface region as shown in Egs. (27a) and (27b) for the calcu-
lation of in-tube condensation heat transfer coefficients for a vertical film flow.

e =05+ 0.5\/1 +0.64y+2[1 — exp(—y*/26)]> for 0 < y* < y*, (27a)
and
T 0—y
+
(L —pc)gl 1

where y* is the matching point where the near-wall and near-interface eddy profiles intersect, and
Ka is Kap}%a number defined as Ka = (p, gl*/0)’, where the characteristic length / is defined as
I=(vi/g)".

The Blangetti and Schlunder model describes the physical situation of turbulent eddy viscosity
profile within the film as a two-layer model. They show that their calculation results agree well
with their experimental data for steam condensation in vertical tube when the film Reynolds
number ranges from 50 to 2000 and the interfacial shear is not too large.

When the film Reynolds number is larger than two thousand, or the nondimensional film
thickness reaches the order of 100 or above, this kind of two-layer model is not likely to account
for the fully turbulent region in the liquid film since the van Driest model is not applicable to the
region of y* larger than about 30. In this region, the turbulent eddy viscosity is known to grow
moderately and then become nearly uniform.

Therefore, in this study, the van Driest-type model is used only when y* is less than 30, and in
the region above, as an attempt to form the simplest modeling, the value of eddy viscosity at
y* =30 is used until it intersects the interface eddy profile. Fig. 2 describes the model proposed in
this study.

=1+ 0.0161Re}'345Ka1/3[ (67 —y") fory" <yt <5, (27b)

&m =05+ 0.5\/ 1 +0.64y+2[1 — exp(—y*/26)]> for 0 < y* < 30, (28a)

e =gt

for 30 < y* <", (28b)

yT=30

T; +5 -y
(pL — pg)gl )

et =1+ 0.0161Re}'345Ka1/3[ (67 —y") for y* <yt <", (28¢)

2.6. Turbulent Prandt! number models

Three models are tested for the turbulent Prandtl number effects on condensation heat transfer.
First the constant turbulent Prandtl number (0.9) is considered. Second, the Jischa and Ricke
(1979) model is used, and finally the extended Kays and Crawford model (Weigand et al., 1997) is
applied to the calculation. Jischa and Rieke proposed the turbulent Prandtl number as a function
of the Reynolds number and the molecular Prandtl number as follows:
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Fig. 2. Typical turbulent eddy profiles in this study.
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Kays and Crawford suggested a conduction model for the turbulent Prandtl number as a function
of the relative wall distance y* (Kays and Crawford, 1980).

Pr— 1 (30)

At CPet\/% — (CPey)’ [1 — CXp ( T CRei/Pr \I/Pr—xﬂ

where Pe; = Pr(eym/ve), Priso 1s the value of Pr; far from the wall (an experimental constant), and C
is an experimental constant.

Also, Weigand et al. (1997) suggested an extended Kays and Crawford model by combining the
above two models. They used Pr, like the Jischa and Rieke model as follows:

Pro=09+ (29)

D
where D = 100 was used in their calculation. The extended Kays and Crawford model describes
the turbulent Prandtl number dependency on y* as well as the Reynolds number and the mo-
lecular Prandtl number. In this paper, the effect of these models on condensation heat transfer is
discussed.

2.7. Liquid entrainment fraction

For the annular two-phase flow, depending on the condition of vapor and liquid mass flux,
liquid droplet entrainment may be very important to the mass, momentum, and heat transfer. The
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entrainment process is closely associated with the presence of waves. Even though it is very dif-
ficult to measure rates of entrainment from a film in annular flow, many experiments have been
conducted to suggest data and correlations for liquid entrainment fraction or entrainment rate.

Paleev and Filipovich (1966) carried out an experiment for measuring the quantities of
separated liquid deposited on the wall of a rectangular channel from the turbulent air—water
dispersed-annular flow. They used the dimensionless gas flow to express the correlation for the
rate of entrainment. Wallis (1969) proposed a correlation for the rate of entrainment. He
neglected the effect of viscosity force of liquid phase but introduced the critical gas velocity at
which droplet entrainment from the film takes place. Ishii and Mishima (1989) developed a
correlation for the amount of entrained liquid in annular flow for the equilibrium and entrance
regions. Hewitt and Govan (1990) presented models for deposition and entrainment in annular
flow.

The correlation of Ishii and Mishima was adopted in this study in order to incorporate the
entrainment effect into the calculation model for condensation heat transfer coefficient since this
model is known to be more successful in describing the entrainment for different tube diameters
and different fluids (Whalley, 1987), and simple to be implemented in a calculation algorithm. The
correlation for equilibrium entrainment fraction is as follows:

E= tanh(7.25 X 10‘7We1‘25Re?‘25), (32)
where the effective Weber number for entrainment is defined by Eq. (33)
D) d _ 1/3
o PG

The superficial velocity for vapor phase jg is defined by Eq. (34)

mx

2.8. Calculation algorithm

This algorithm gives the velocity distribution within the film, condensate film thickness, local
condensation heat transfer coefficient, and local pressure drop values. The algorithm is summa-
rized here briefly.

For a specified mass quality x, and total mass flux s:

1. Calculate the liquid entrainment fraction E, and guess the value of 67.

. Using turbulent eddy viscosity ¢ (y"), determine velocity distribution u*(y") by integrating
Eq. (14).

. Calculate the wall shear stress t,, using Eq. (9) for the guessed 6.

. Using Eq. (8), calculate dx/dz, and determine dp/dz, 1y, and u,, respectively.

. Check if the mass conservation Eq. (19) is satisfied.

. If not, return to step (1) again and repeat the same procedure until correct 6* is found.

. Once the value of §" is found, calculate T, and 4, respectively, using Egs. (26) and (25).
A Gaussian quadrature method was used for the numerical integration in this calculation.

[\

~N N DN bW
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3. Experiment

In order to assess the calculation modeling, an experiment was performed for the condensation
heat transfer of R22 in horizontal smooth tubes. Experimental apparatus and the data reduction
method are described briefly here. A detailed experimental method and procedure are shown in
Kwon et al. (2000).

3.1. Experimental apparatus

Fig. 3 shows a schematic of the present experimental apparatus. Refrigerant R22 was circulated
by a magnetic gear pump. After being heated by the main heater and auxiliary heater, the re-
frigerant vapor flowed into the test condenser. Cooling water from the constant temperature
water bath flowed counter-currently through the annular space of the test section. Seven test
sections were connected in series.

A test section consisted of a copper tube and its outer annulus device that is made of acrylic
resin. A detail of the test section is shown in Fig. 4. Inside the test tube, the refrigerant flow was
condensed by the outer cooling water flow through the annulus.

For each test section, the inlet and outlet temperatures of the refrigerant and cooling water were
measured by T-type thermocouples. The thermocouples were calibrated by a precision RTD
thermometer and sensor. The accuracy of the calibrated thermocouples was 0.03 K. Also, the
volumetric flow meters used for measuring refrigerant and cooling water flow rates were cali-
brated by measuring the mass collected during a specific period of time. Therefore, the accuracy
can be 1% of the full scale of the rotameters.

3.2. Data reduction method

Fig. 5 represents the schematic of a test condenser unit. From an energy balance, Eq. (35) is
obtained

Flow Meter

Constant
Temp. Bath

Aux.
[ | Condenser - [ ‘I II: ‘I F

iAux. Heater I» Heater I~

I Recei H X Volume -
| Mass Flow Meter Filter Pump Flow Meter

Fig. 3. Schematic of the present experimental apparatus.



J.T. Kwon et al. | International Journal of Multiphase Flow 27 (2001) 911-928 921

Acryl Block

Cooper Tube %;;(};gg
Annular Passage %
® @ | f] KV ® @
| [
- I——%me 2R el —p
H ’— Refrigerant
A,
7 7z
®
® 04 m
o 0.5 m
0.63 m
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refrigerant hi Trout
Trin \ 9
< cooling water €——
Fig. 5. Schematic of a test section.
1 1 1 In(dy/d)

= 35

UOAO hiAi hvo ZTEkwL ’ ( )
where U, is the overall heat transfer coefficient, #; is the condensation heat transfer coefficient in
tubes, and 4, is the single-phase heat transfer coefficient in the annulus. Also, &, is the thermal
conductivity of copper tube, d; and d, are the inner and outer tube diameters, and L is the heat
transfer length. From Eq. (35) the in-tube condensation coefficient can be represented by Eq. (36)

1
h = . (36)
[; 1 M] 4
UoAo hodo 2tk L 1
The overall heat transfer coefficient is given by Eq. (37)
Y
[ ) 37

where the heat flow rate QO and the logarithmic mean temperature difference ATjy; are as follows:

Q = mwchp,w(Tw,out - Tw,in)a (38)
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Table 1
A typical uncertainty for present experimental data
Tube Mass flux (kg/m? s) S, (Y0) oy, (%) op, (%0)
Smooth 299.6 10 8 12.8
Smooth 402.5 10 6 11.7
ATLM _ (Tr,out - Tw,in) - (Tr,in - Tw,out) (39)

ln[(Tr,out - Tw.in)/(Tr,in - Tw,out)] ’

where A, is the cross-sectional area for water flow.

The annulus side single phase heat transfer coefficients are estimated from the correlation
developed by Kwon et al. (1997) by using the modified Wilson plot technique. The single-phase
heat transfer correlation for the present annulus passage is as follows:

Nty = 0.132Re*® "% (£10% accuracy) for 2000 < Re < 10,000. (40)

3.3. Uncertainty analysis

Present data reduction equation for the in-tube condensation coefficient is found from Eq. (36).
Therefore, its functional form is as follows:

hy = hi(Usy, ho). (41)

The uncertainty analysis expression (Coleman and Steele, 1989) is represented by the following
equation:

w\o (1o N\ [(1on\
<h_1) = <h_i6U05U°) + (h_ia—ho5h0> ) (42)

where dy,, 05, and 9, are the uncertainties of the heat transfer coefficients for overall, outer
annulus, and inner tube sides, respectively.
For the present case, the terms in Eq. (42) are expressed by

ohi Ao [ he \° Ol A [ U, \°
_ o e . 4
U, A1<Uo—ho> and 3 Ai<Uo—h0> (43)

From the above analysis, the uncertainty of in-tube condensation heat transfer coefficient is about
10-13% for 95% confidence interval. A typical uncertainty analysis is shown in Table 1.

4. Results and discussion
4.1. Velocity distribution within condensate film
Fig. 6 shows the velocity distribution across the condensate film of R22 at a mass quality 0.5,

mass flux 299.6 kg/m? s and condensing pressure 1532 kPa. The current eddy viscosity model
gave higher velocities for the region above y™ = 30 than the Balngetti and Schlunder model. As
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Fig. 6. Velocity profile in condensate film.

shown in Fig. 2, we assumed as a first approximation, the uniform eddy region in the turbulent
liquid film. The uniform eddy region resulted in the linear distribution of velocity in the region
above y© = 30. As a result, a higher velocity distribution in this region was obtained and that led
to smaller film thickness.

4.2. Film thickness

Fig. 7 represents the nondimensional film thickness of R22 at mass fluxes of 299.6 and
402.5 kg/m? s. When mass quality was large, i.e., when condensation began, both the current
eddy model and the Blangetti and Schlunder model gave almost the same value of nondimen-
sional film thickness. But the more the condensation proceeds (the smaller the mass quality be-
comes), the larger the difference will be between the nondimensional film thickness values from the
two eddy models. Also, the difference was dominant in the case of high mass flux. The nondi-
mensional film thickness ranged from 30 to 200 in the case of mass flux 299.6 kg/m? s, and ranged
from 50 to 280 in the case of mass flux 402.5 kg/m? s. For these values, the fully turbulent liquid
layer may become important for the analysis of film condensation, and the eddy profile of the
region seems to have considerable effects on the calculation procedure of film thickness.

4.3. Effects of turbulent Prandtl number

Fig. 8 shows the local condensation heat transfer coefficients when using three different tur-
bulent Prandtl number models at the condition of mass flux 299.6 kg/m? s and condensing
pressure 1532 kPa. Among them, the extended Kays and Crawford model yielded lower values of
heat transfer coefficient than the others. It is due to the turbulent Prandtl number distribution
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Fig. 7. Nondimensional film thickness variation along mass quality.
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Fig. 8. Effects of turbulent Prandtl number on condensation heat transfer.

along the normal direction of the tube wall. At the region very close to the wall, turbulent eddy
conductivity became lower compared with the turbulent eddy viscosity, which means greater
thermal resistance for a near-wall layer. This could be described by Kays and Crawford-type
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model. The heat transfer coefficients predicted by this model are smaller than those from other
models. At the present calculation condition, the predicted values of heat transfer coefficient could
be different from each other by 7-8%, especially for high mass quality region.

4.4. Effects of liquid entrainment

Fig. 9 describes the effect of liquid entrainment on condensation heat transfer. Incorporating
the liquid entrainment effect into the calculation model gave prominent enhancement of heat
transfer, especially for high mass flux and high mass quality region. At the condition of mass flux
299.6 and 402.5 kg/m? s, the condensation heat transfer coefficients increased by up to 10% and
20%, respectively.

4.5. Comparison of condensation heat transfer coefficients

In order to verify the prediction capability of our models, the calculated values of condensation
heat transfer coefficient in horizontal tubes were compared with the present experimental data and
the three existing correlations (Traviss et al., 1973; Cavallini and Zecchin, 1974; Shah, 1979) which
are frequently referred to in open literature. The calculation and experimental results of local
condensation heat transfer coefficients of R22 in horizontal tubes are shown in Figs. 10 and 11. It
is noted that the current eddy model gives a much better prediction capability for condensation
heat transfer compared with the Blangetti and Schlunder eddy model.

Fig. 10 shows the comparison of condensation heat transfer coefficients of R22 in horizontal
tube at the condition of mass flux 299.6 kg/m? s and condensing pressure 1532 kPa. The current

R22, horizontal flow ‘!

Current eddy model
LExt. Kays and Crawford Pr

h (KW/m 2 K)
o8
o8
o

3 e, B
Q‘\ ‘\'

“a )
S . h
21 } . With entrainment, mass fiux = 402.5 kg/m 2 s

f ( I = Without entrainment, mass flux = 402.5 kg/m 2 s
‘ = With entrainment, mass flux = 299.6 kg/m 2 s i
[ ‘ o Without entrainment, mass flux = 299.6 kg/m2s |
: i

SN T N AT RN SO N N A R
1.0 0.8 06 04 0.2 0.0
X

Fig. 9. Effects of liquid entrainment on condensation heat transfer.
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Fig. 10. Comparison of condensation heat transfer coefficients of R22 in horizontal tubes: Mass flux =299.6 kg/m? s,
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Fig. 11. Comparison of condensation heat transfer coefficients of R22 in horizontal tubes: Mass flux = 402.5 kg/m? s,
saturation pressure = 1628 kPa.

analytical model slightly underestimated the present experimental data and the values from the
existing correlations. Incorporating the liquid entrainment effect gave better prediction capability

in this case.
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Fig. 11 shows the comparison of condensation heat transfer coefficients of R22 in a horizontal
tube at the condition of mass flux 402.5 kg/m? s and condensing pressure 1628 kPa. The current
analytical model agreed well with the present experimental data as well as the values from the
existing correlations.

By comparing the present model with our own experimental data and previous empirical
correlations as shown in the Figs. 10 and 11, the incorporation of liquid entrainment effect to
calculation model for in-tube condensation heat transfer is highly recommended.

5. Conclusions

For the calculation of the in-tube condensation heat transfer coefficient for turbulent annular
film flow, the liquid droplet entrainment has been adopted in order to investigate the effect of
entrainment on the condensation heat transfer. A new turblent eddy viscosity model within a
condensate film is proposed for the calculation model, and the effects of turbulent Prandtl number
models on condensation heat transfer were also discussed.

In order to assess the prediction capability of our calculation model an experiment was per-
formed for the measurement of condensation heat transfer coefficients of R22 in horizontal
smooth tubes. And the calculation results for local in-tube condensation heat transfer coefficients
of R22 were compared with present experimental data and existing correlations.

From the current analysis and experiment, the following conclusions are drawn:

1. The proposed current eddy viscosity model gives better prediction for condensation heat trans-
fer coefficients compared with the Blangetti and Schlunder model.

2. Incorporating the effect of liquid entrainment into the calculation model for condensation heat
transfer makes the prediction capability much better for the condensation heat transfer inside
tubes.

3. The prediction capability of the calculation model proposed in this study is confirmed by our
present experimental data as well as some correlations frequently referred to for in-tube
condensation heat transfer coefficients.
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